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a b s t r a c t

The main purpose of this paper was to present a heterogeneous model of a three-phase solid–liquid–gas
system to investigate the hydrodynamics and biological behavior and the system performance of anaero-
bic fluidized bed reactors (AFBRs). The Anaerobic Digestion Model No. 1 (ADM1) was selected to describe
the substrate degradation scheme and was applied to a biofilm system. Global modeling of AFBRs involves
differential mass and momentum balance equations for the three phases, differential mass balance equa-
tions for phase components, and algebraic equations to compute the biochemical and physico-chemical
processes that take place in the bioreactor. A one-dimensional (axial) dynamic model was proposed, and
different phase flow patterns were analyzed. Simulation results of a case study based on a feed with a
low substrate concentration (1 g of chemical oxygen demand, COD, per liter) are shown. As first approach,
biochemical transformations are assumed to occur only in the fluidized bed zone but not in the free-
support material zone. A sensitivity analysis of simulation results related to model parameters with high
uncertainty such as specific biofilm detachment rate, liquid–gas mass transfer coefficient, and particle
density and diameter was performed. A second approach based on model extension to the two-phase
non-fluidized zone allowed evaluating the effect of substrate consumption by suspended biomass in the
free-bioparticles zone. A decrease in the biofilm concentration up to 3.6% and thus, a decrease in the COD
removal efficiency was predicted. However, some factors involving the biofilm detachment rate, reac-
tor design characteristics and substrate residence time need to be analyzed for each specific case. The
implementation of this modeling approach resulted in more programming effort and CPU time than the
first one. A key feature of the model is the simultaneous prediction of phases and components dynamics,
including the effect of biofilm growth in the fluidization characteristics and interaction among them in
both hydrodynamic and biological transients.

© 2008 Elsevier Ltd. All rights reserved.

1. Introduction

Stringent norms and regulations for discharging contaminating
streams into natural receiving water bodies push industries to treat
wastewaters with high efficiency using reliable treatment systems.
In the last decades anaerobic processes have been considered a
mature technology for processing a wide spectrum of wastewaters,
mainly those having high organic contaminating load.

On the other hand, the fluidized bed reactor is one of the
most widely used high-rate systems. This reactor type retains

∗ Corresponding author at: INGAR -Instituto de Desarrollo y Diseño- Avellaneda
3657 (3000) Santa Fe, Argentina. Tel.: +54 342 4534451; fax: +54 342 4553439.

E-mail addresses: mfuentes@santafe-conicet.gov.ar (M. Fuentes),
mmussati@santafe-conicet.gov.ar (M.C. Mussati), nscenna@santafe-conicet.gov.ar
(N.J. Scenna), paguir@santafe-conicet.gov.ar (P.A. Aguirre).

high attached biomass concentration on an inert support mate-
rial, presents smaller pressure drop than fixed bed systems, shows
no bed-clogging problems, demands small reactor volume and
determines low external mass transport resistance when being
compared to other reactor configurations. However, some practical
aspects need to be addressed. Due to the slow growth rate of the
anaerobic consortium compared to the aerobic growth, anaerobic
systems require long periods for starting up and recovering an effi-
cient operation regimen after a sudden increase of the organic load
due to a perturbation of either the inlet flow rate or contaminating
concentration.

When the disturbance is on the inlet flow rate, the system hydro-
dynamics is significantly affected; whereas when a disturbance
on the influent organic concentration occurs, the biological pro-
cess rates govern the transient behavior of the system. However,
the biological process rates affect the system hydrodynamics since
variations on the biofilm concentration modify the density of the

0098-1354/$ – see front matter © 2008 Elsevier Ltd. All rights reserved.
doi:10.1016/j.compchemeng.2008.10.001



Author's personal copy

360 M. Fuentes et al. / Computers and Chemical Engineering 33 (2009) 359–370

Nomenclature

A area
D, d diameter
Dz axial dispersion coefficient
F force
g gravity
H height
ICOD index g COD mol−1

k specific rate coefficient
kLa liquid–gas mass transfer coefficient
KH Henry’s Law coefficient
N number
n expansion coefficient
P, p pressure
Q flow rate
R homogeneous reaction rate
Re Reynolds number
S soluble species concentration
T mass transfer and transport process rate at the inter-

face
t time
U velocity
V volume
W particle load
X biomass concentration or non-soluble species con-

centration
Xc particulate material concentration
z axial direction

Greek symbols
ı biofilm thickness
ε holdup (volumetric fraction)
� specific growth rate (Table 3), viscosity
�st gas molar volume
� holdup in two-phase pseudo-system
� density
ω specific energy dissipation rate
� mass or molar concentration
- axial mean value

Subscripts
a active (biomass)
B gas bubble
bh biomass hydrolysis
bp bioparticle
c reactor column
d biomass death
dis disintegration of particulate material
E biofilm detachment
Es relative to the force acting on fluidized particles in

the axial direction
F film (wet density)
f feed
G, g gas, gravity (force)
H particulate material hydrolysis
I interaction (force)
i phase component index
j biochemical and physico-chemical process index
k phase index
L, l liquid
na non-active (biomass)

o intlet, initial or static bed condition
p particle, pressure (force)
r recycle
S solid
T total
t terminal

support particles and, consequently, their fluidization characteris-
tics. Indeed, fluidization characteristics such as fluidized bed height
and phase holdups (volume fractions) are critical because of their
influence on residence time, specific biofilm superficial area in the
biologically active zone, reactor size, mass transfer and biofilm
detachment rate. Thus, a main concern in fluidized bed biofilm reac-
tor modeling is to compute hydrodynamic phenomena and their
interaction with the biological variables. Then, detailed three-phase
models considering hydrodynamics of solid–liquid–gas system,
the biofilm system and the anaerobic digestion process itself are
required to capture both the biological and hydrodynamic transient
behavior of the bioreactor.

Among all the former works (Abdul-Aziz & Asokelar, 2000;
Bonnet, Dochain, & Steyer, 1997; Diez Blanco, García Encina, & Fdez-
Polanco, 1995; Huang, Yan, & Wu, 2000; Yu & Rittmann, 1997)
concerning AFBR modeling, few of them deal with the compu-
tational fluid dynamics approach for two-phase flow. This study
continues on from the previous works accomplished by Bonnet et
al. (1997) but now taking into account three phases, including an
anaerobic digestion model applied to a multispecies biofilm system,
and combining the dynamics of the biological and hydrodynamic
processes. The main objectives of this paper are: (a) to present a
heterogeneous model of an anaerobic fluidized bed reactor consid-
ered as a three-phase solid–liquid–gas system, assuming parameter
values accepted in literature; (b) to use the proposed model for
performing a phenomenological analysis of both biological and
hydrodynamic behaviors of the system for a defined case study.
Rigorous dynamic momentum and mass balances for solid, liquid
and gas phases characteristic of anaerobic methanogenic fluidized
bed biofilm reactors are solved to determine the force, velocity and
holdup profiles of each phase, the substrate and product concen-
tration profiles, the system pH, and off-gas composition and flow
rate dynamics.

The paper is organized as follows: In Section 2, the structure
and main equations of the mathematical model are presented.
Computational aspects including numerical aspects and the model
solution strategy are described in Section 3. Simulation results
describing the main process variables related to the system hydro-
dynamics and the biological processes for a case study assuming
different control volumes are presented in Section 4. Finally, con-
clusions are drawn in Section 5.

2. Mathematical model

In anaerobic digestion, complex organics such as carbohydrates,
proteins, and lipids are first hydrolyzed by enzymes to sugars,
amino acids, and fatty acids, respectively. These intermediate prod-
ucts are then degraded by acidogens to volatile fatty acids (VFAs),
which are further degraded by acetogens forming acetate, carbon
dioxide (CO2), and hydrogen (H2). Last, acetate and H2/CO2 are con-
verted by acetoclastic and H2-utilizing methanogens, respectively,
to methane (CH4). Acidogens grow faster and are less sensitive to
pH variation than acetogens and methanogens. This usually results
in the accumulation of organic acids and pH decreases, leading to
the suppression of methanogenic activity and, in some cases, even
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Fig. 1. Anaerobic degradation steps for ADM1 (Batstone et al., 2002): (1) acidogene-
sis from sugars (glucose); (2) acidogenesis from amino acids; (3) acetogenesis from
long chain fatty acid (LCFA); (4) acetogenesis from propionate (HPr); (5) acetogen-
esis from butyrate (HBu) and valerate (HVa); (6) acetoclastic methanogenesis; and
(7) hydrogenotrophic methanogenesis.

to process failure (Angelidaki, Ellegaard, & Ahring, 1999; Batstone,
Keller, & Blackall, 2004; Yu & Fang, 2003). Thus, an anaerobic diges-
tion scheme has to be adequately described by the biochemical
and physico-chemical processes. In this work, Anaerobic Digestion
Model No. 1 (ADM1) proposed by Batstone et al. (2002) has been
used. Fig. 1 represents the degradation steps and microorganism
trophic groups assumed in ADM1.

Application of the ADM1 to a biofilm system requires the mod-
eling of the interaction between suspended and attached biomass.
Fig. 2 represents the main biochemical (growth-uptake, death,
hydrolysis and detachment) processes. As microorganisms attach

Fig. 2. Main biochemical processes and interactions between suspended and
attached biomass.

on the bare support and develop forming biofilm, a bioparticle
model is required to model an AFBR.

So, the AFBR is modeled as a three-phase gas–solid–liquid
system (see Fig. 4). The solid phase consists of the inert support par-
ticles and the (active and non-active) attached biomass (biofilm). In
the multispecies biofilm model, biomass is considered as a contin-
uum; that is, biomass is mathematically characterized by average
quantities such as the concentration of microbial species. The liquid
phase is composed by the chemical species in solution (substrates,
products, enzymes, ions, and water) and (active and non-active)
suspended biomass. The gas phase is formed by the gaseous prod-
ucts from degradation stages.

Definition of the control volume and time–space domains of
process variables is needed to model hydrodynamics and phase
interactions. Then, fluidization characteristics (phase holdups and
velocities) can be calculated from phase mass and momentum bal-
ances.

The global model structure is represented in Fig. 3.

2.1. Mass and momentum balance equations

Fig. 4 represents the main streams in the fluidized bed reac-
tor and the three-phase system assumed to model the AFBR. A

Fig. 3. Anaerobic fluidized bed reactor (AFBR) model structure.
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Fig. 4. Three-phase solid–liquid–gas system assumed to model the AFBR.

general axial dispersive model is used to represent the phase
behavior.

The relationship among the phase volume fractions (holdups)
εk has to verify:∑
k

εk = 1 (1)

where k indicates liquid (k = L), solid (k = S) and gas (k = G) phases.
Eqs. (2) and (3) represent the mass and momentum balances for

phase k, respectively:

∂
εk�k
∂t

= −∂ εk�kUk
∂z

+ ∂

∂z

(
Dzk∂

εk�k
∂z

)
+

∑
i,j

Tik (2)

where �k and Uk represent the intrinsic density and velocity of
phase k, respectively.

∑
i,jT

j
ik

represents the sum of all mass trans-
fer and transport process rates j at the interface between phase k
and the other two phases, in which all components i are involved.

∂
εk�kUk
∂t

= −∂ εk�kUk
2

∂z
+ ∂

∂z

(
Dzk∂

εk�kUk
∂z

)
+ Fgk + Fpk + FIk (3)

where Fgk, Fpk and FIk represent the contribution of the gravity,
pressure and interaction forces, respectively (Foscolo & Gilibaro,
1987; Hatta, Fujimoto, Isobe, & Kang, 1998). Force expressions for
momentum balances are summarized in Table 1.

In Table 1, �k represents the volume fraction of each phase in
the two-phase pseudo-system where the interaction force takes
place. Note that the interaction force between solid and gas phases
has been neglected. FES is the force acting on fluidized particles in
the axial direction due to an approaching particle concentration
perturbation, and it is an additional force for the solid phase not
represented in Eq. (3).

Table 1
Force expressions for momentum balances.

Force expressions

Fgk = −εk�kg, k = S, L,G
Fpk = −εk ∂p∂z ,

∂p
∂z

= −g
∑
k

εk�k, k = S, L,G

FIS−L = −FIL−S = �S(�p − �L)g
(
Uo−US
Ut

)4.8/n
�−3.8
L

FIL−G = −FIG−L = 36�G�L (UG−UL )
dB

2

FES = −3.2dbpg�S(�S − �L) ∂�S∂z

Table 2
Homogeneous reaction rates and mass transfer and transport process rates
(
∑

j
Rj
ik

+
∑

j
T j
ik

) involved in mass balance equations for component i.

�ik
a

∑
j
Rj
ik

+
∑

j
T j
ik

i

XS
ia

εS[�iX
S
ia

− kdXSia − kEωXSia ] 17–23

XS
ina

εS[kdX
S
ia

− kbhXSina − kEωXSina ] 17–23

XL
ia

εL[�iX
L
ia

− kdXLia ] + εSkEωXSia 17–23

XL
ina

εL[kdX
L
ia

− kbhXLina ] + εSkEωXSina 17–23

Si

∑
j=5−12

�i,j�j(εSX
S
ja

+ εLXLja ) +
∑

j=2−4
�i,jkHid,jεLXj 1–7,11

Si

∑
j=5−12

�i,j�j(εSX
S
ja

+ εLXLja ) − εL(kLa)i(Si − ICODKH,ipgas,i) 8–10

Xi

∑
j=2−4

�i,jkHid,jεLXj + �i,j=1kdisεLXC 12,14–16,24

Xc −kdisεLXC + kdis
∑

j=13−19
(εSXSjna

+ εLXLjna ) 13

pgas,i �stpgas,T εL(kLa)i(Si/ICOD − KH,ipgas,i) 8–10

a Mass balances of phase components are expressed in grams of chemical oxygen
demand per liter per day (g COD L−1 d−1), except for inorganic carbon and nitrogen
(mol L−1 d−1) and gas phase components (atm L−1 d−1).

The mass balance equation for a component i of concentration
�ik in phase k is

∂
εk�ik
∂t

= −∂ εk�ikUk
∂z

+ ∂

∂z

(
Dk∂

εk�ik
∂z

)
+

∑
j

Rj
ik

+
∑
j

T j
ik

(4)

where
∑

jR
j
ik

is the sum of all homogeneous reaction rates j, and∑
jT
j
ik

is the sum of all mass transfer and transport process rates j
through interfaces, where component i is involved.

2.1.1. Reaction, mass transfer and transport process rates
The terms

∑
jR
j
ik

+ ∑
jT
j
ik

are related to biochemical (uptake,
growth, death, hydrolysis and detachment) and physico-chemical
processes. Expressions to calculate them are summarized in Table 2.
In this work, only external mass transfer processes have been mod-
eled. No mass transfer limitations in the biofilm and liquid film are
assumed. The concentration inside the biofilm is considered a time
function and has the same value throughout the biofilm. A descrip-
tion of variables (i) and processes (j) involved in the anaerobic
digestion model is presented in Table 3.

Table 3
Variables (i) and processes (j) taken into account in the anaerobic digestion model.

Variable Description i Processes j

XC Composite 13 Disintegration 1
XCH Carbohydrate 14 Carbohydrate hydrolysis 2
XP Protein 15 Protein hydrolysis 3
XLi Lipid 16 Lipid hydrolysis 4
XI Inert particulate 24 Glucose uptake 5
SI Inert soluble 12 Amino acid uptake 6
SGl Glucose 1 LCFA uptake 7
SAA Amino acid 2 Valerate uptake 8
SLCFA LCFA 3 Butyrate uptake 9
SHVa Valerate 4 Propionate uptake 10
SHBu Butyrate 5 Acetate uptake 11
SHPr Propionate 6 H2 uptake 12
SHAc Acetate 7 XGL decay 13
SH2 Hydrogen 8 XAA decay 14
SCH4 Methane 9 XLCFA decay 15
SIC Inorganic carbon 10 XC4 decay 16
SIN Inorganic nitrogen 11 XPr decay 17
X Biomass 17–23 XAc decay 18

XH2 decay 19
H2 mass transfer T8
CH4 mass transfer T9
CO2 mass transfer T10
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Table 2 includes the terms
∑

jR
j
ik

+ ∑
jT
j
ik

for active (a) and non-

active (na) biological species in solid (XS
i
) and liquid (XL

i
) phases,

soluble (Si) and insoluble chemical species (Xi), particulate mate-
rial (XC), and gas phase components. �i,j is the biochemical rate
coefficient of component i related to degradation stage j. �, kd, kE

and kbh are the specific rates of microbial growth and death, biofilm
detachment and hydrolysis of biomass, respectively. Finally, kHid is
the specific hydrolysis rate. In Table 2, the terms

∑
jR
j
ik

+
∑

jT
j
ik

corresponding to soluble substrates produced during biopolymer
hydrolysis (Si=1–7,11) and soluble substrate and products transferred
to gas phase (Si=8–10) have been distinguished.

Specific growth and death rates are assumed to be the same for
suspended and attached biomass. In addition, the specific biomass
hydrolysis rate is the same for all species. Since non-active biomass
is considered as particulate material subjected to disintegration and
hydrolysis (see Fig. 1), kbh is equal to the specific disintegration rate
of particulate material kdis.

The biofilm process model is coupled to the system hydrody-
namic model through the biofilm detachment rate rE which is
modeled as a first-order function on the specific energy dissipation
rate ω, and mass concentration of each attached microbial species
i (Table 2):

rEi = εSkEωXSi (5)

Specific energy dissipation rate ω was used by Huang and Wu
(1996) to study the biofilm thickness distribution in fluidized bed
reactors, assuming that the erosion effects on the biofilm surface
are related to this parameter that is calculated as

ω = Uo
(

−∂p
∂z

)
(6)

where Uo is the superficial fluid velocity at the reactor column inlet.
Specific detachment rate kE is assumed to be the same for all

biological species.
ADM1 assumes H2, CO2 and CH4 as components of the gas

phase. Here, water vapor has been considered too. The liquid–gas
mass transfer is modeled assuming ideal gas behavior and constant
gas phase total pressure (pgas,T = pgas,H2O + pgas,CH4 + pgas,CO2 +
pgas,H2 ). The mass balance for gas phase component i is expressed
as a function of its partial pressure pgas,i (Table 2). KH,i and (kLa)i
represent Henry’s Law coefficient and the liquid–gas mass trans-
fer coefficient of gas phase component i, respectively. vst is the gas
molar volume. Water vapor pressure pgas,H2O is calculated by an
Antoine-type equation.

The physico-chemical model includes the system charge bal-
ance (electroneutrality condition) for calculating pH. It involves
mass balance equations for total concentration of volatile fatty acids
(VFAs: acetic, propionic, butyric and valeric), inorganic carbon, inor-
ganic nitrogen, phosphate, “other anions”, and “other cations”. The
last three chemical species are not represented in Tables 2 and 3,
but they are state variables that do not contribute to bioreaction
and transfer processes (

∑
jR
j
ik

+
∑

jT
j
ik

= 0) and differential mass
balance equations for these liquid phase components are stated
too.

The biochemical rate equation matrix and the relationships of
the acid–base equilibrium model are extracted from Batstone et al.
(2002), and are not here included due to space restrictions.

2.2. Bioparticle model. Influence of the biofilm growth on the bed
porosity and height

Homogeneous biofilm distribution on support particles, con-
stant density and diameter of support particles, constant wet

biofilm density and spherical geometry are assumed for the biopar-
ticle model (Abdul-Aziz & Asokelar, 2000). The number of support
particles (i.e. the number of bioparticles) is assumed constant, and
these are homogeneously distributed within the entire reactor.

As derived from model assumptions, the bioparticle diameter
dbp and density �bp (equal to the solid phase density �s), and the
volumetric ratio between biofilm and material support x can be
calculated as

dbp = dp + 2ı (7)

�bp = �p + x�F
1 + x (8)

x =
(
dbp
dp

)3

− 1 (9)

where ı is the biofilm thickness, dp and �p are the mean diameter
and density of support particles, respectively; and �F is the wet
biofilm density.

From the mass balance in the solid phase and the bioparticle
model described above, the following relationship between the
biofilm thickness ı and the total (active and non-active) attached
biomass concentration XST can be derived:

XST = �F

[
1 − 1/

(
1 + 2ı

dp

)3
]

(10)

In bioreactors, the solid holdup varies during the biological tran-
sient due to the ongoing microbiological processes: growth, death,
detachment and hydrolysis of biomass. Gas holdup also varies but
its contribution is generally negligible compared to the solid and
liquid holdups in anaerobic reactors. Even when these microbio-
logical processes cause a time variation of bed porosity, this change
is sufficiently slow compared to those caused by a hydrodynamic
transient. A biofilm thickness increase causes an increase in the
total height H of the fluidized bed.

Eq. (11) is used to calculate the bed height. It is based on the
definition of solid holdup in the control volume of the entire reac-
tor, and is an integrated entity since properties vary in the axial
direction of the bed. Although support particles are homogeneously
distributed, the biofilm thickness, and thus, the bioparticle diame-
ter vary with time and in the axial direction of the bed. Since the
solid holdup εs(z, t) can be interpreted as the volume fraction of the
total bioparticle volume in the volume dV = Acdz; from an overall
material balance in the reactor unit, the height (H) of the fluidized
bed can be calculated as follows:

H = 1
Ac

NbpV̄bp
ε̄S

= 1
Ac

Nbp
[

1
H

∫
z
Vbpdz

][
1
H

∫
z
εSdz

] (11)

where Vbp and Nbp are the bioparticle volume (Vbp =
(dp + 2ı)3/6)
and the number of bioparticles (Nbp =W/�pVp =W/�p(
d3

p/6)),
respectively. Finally, Eq. (11) can be rewritten as follows:

H = W

�pAc
[

1
H

∫
z
εSdz

]
[

1
H

∫
z

(
1 + 2ı

dp

)3

dz

]
(12)

where W and Ac are the initial particle load and the column cross
section area, respectively.

Liquid and gas phase densities can be assumed as time- and
space-invariants in biological and hydrodynamic time horizons.
Solid density (�s) is a function of the biofilm thickness, which can
be considered as an invariant in hydrodynamic transients but not
in biological transients.

These simplifying assumptions were introduced to make the
model workable, although they do not completely reflect reality.
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Revision of these assumptions to more realistic ones (e.g. introduc-
tion of the size distribution of particles, variable density of biofilm
with time, and characteristics of support particles such as shape,
roughness, and material porosity) will be the next step for model
refinement.

2.3. Model parameters and constants

The global model has to be able to represent dynamics of dif-
ferent processes. Well-known and accepted parameter values have
been assumed in the proposed model for each sub-system. How-
ever, responses of such model show general tendencies of process
variables. An exhaustive compilation of experimental data needs to
be carried out to obtain accurate information to simulate the exper-
imental scenarios (Fuentes, Aguirre, Scenna, & Mussati, 2007). In
practice, operating disturbances and unexpected bioreactor fail-
ures increase uncertainty on bioreactor performance and have
to be included in the simulation schedule for model calibration
(parameter estimation). Therefore, an extensive analysis is needed
to determine which of these events have a significant influence on
parameter estimation. These aspects were pointed out in a previ-
ous work for calibrating an AFBR model (Fuentes, Aguirre, Scenna,
& Mussati, 2008).

2.3.1. Biochemical and physico-chemical parameters
Microorganism growth kinetic expressions and kinetic and

physico-chemical parameters are taken from the ADM1 original
paper (Batstone et al., 2002). Parameters for mesophilic tempera-
ture at high rate operation conditions are used. Specific detachment
rate kE must be estimated from experimental data. From results pre-
sented by Mussati, Fuentes, Aguirre, & Scenna (2005a) and recently,
by Fuentes et al. (2008), a value for kE = 2.24 × 10−10 m s2 kg−1 is
here used. The liquid–gas mass transfer coefficient of gas phase
component (kLa)i is assumed as 100 d−1 for all components of gas
phase (Graef & Andrews, 1973).

2.3.2. Hydrodynamic parameters
In bioreactors, hydrodynamic parameters such as the terminal

settling velocity Ut and the expansion coefficient n are func-
tions of the biofilm thickness. Researchers, such as Nicolella, van
Loosdrecht, & Heijnen (2000), Yu and Rittmann (1997), Setiadi
(1995), Mulcahy and Shieh (1987), Thomas and Yates (1985),
Hermanowicz and Ganzarczyk (1983), Ngian and Martin (1980),
have studied the effects of biofilm accumulation on parameters
Ut and n in fluidized bed reactors. Most of them reported their
results from correlations originally derived for rigid particles that
were modified for biofilm system applications. In a previous work
(Fuentes et al., 2008), a sensitivity analysis of correlations proposed
by these authors for estimation of parameters Ut and n was pre-
sented. The aim was to show the dispersion of results using the most
quoted correlations. However, they have been mainly applied to
aerobic biofilm systems, and seem to be less appropriate for anaer-
obic systems than the original equation of Richardson and Zaki
(1954) (Eq. (14)), quite used to calculate n in most works focused on
anaerobic fluidized bed reactors, and Eq. (13) provided by Foscolo,
Gilibaro, & Waldarm (1983) to calculate Ut. These correlations are
valid for the range of Reynolds number (Ret) here investigated.

Ut =
−17.3�L +

[
299.29�2

L + 1.344gd3
bp
�L(�S − �L)

]0.5

0.672dbp�L
(13)

n = 4.4Re−0.1
t , 1< Ret < 500, Ret = Utdbp�L

�L
(14)

Since an axial dispersive model is proposed to describe the phase
behavior, expressions to calculate phase dispersion coefficients are
needed. Several correlations were proposed to compute the axial
dispersion coefficient for the liquid phase (Muroyama & Fan, 1985),
but little information is available for gas and solid phases. In this
work, the correlation given by Kim and Kim (1983) is used for cal-
culating the axial dispersion coefficient of the liquid phase DzL:

dpεLUL
DzL

= 20.19

(
dp
Dc

)1.66(
εLUL

εLUL + εGUG

)1.03
(15)

where Dc is the reactor column diameter.
A sensitivity analysis of the model predictions related to gas and

solid phase dispersion coefficients is presented in Section 4.

2.4. Initial and boundary conditions

As first approach, biochemical transformations are assumed to
occur only in the fluidized bed zone but not in the free-support
material zone. The nature of anaerobic biochemical processes
makes initial (IC) and boundary (BC) conditions quite different from
the traditional ones found in the literature for three-phase systems.

Ideal perfect mixture hypothesis is considered as initial condi-
tion. For hydrodynamic variables a static bed condition is assumed.
Since the biofilm adsorption phenomenon is not modeled, low
steady state concentration values are assigned as initial condition
values for the biological and chemical species.

Danckwerts-type boundary conditions are considered at the
reactor inlet (z = 0) and outlet (z = H) for phase components. Since
the solid is confined in the control volume, and the generated gas
is separated from the multiphase stream in the upper part of the
reactor column (see Fig. 4), boundary conditions for the compo-
nents referred to the solid and gas phases are given by the no-flux
condition at the reactor inlet. A general zero derivative boundary
condition is considered at the reactor outlet. Table 4 summarizes
IC and BCs for fluidization characteristics and phase components.

3. Computational aspects

The mathematical model was implemented and solved using
the process modeling software tool gPROMS (Process Systems
Enterprise Ltd). However, the equations are written in such a way
that can be implemented in all computation environments suitable
to handle this type of equations system.

The global AFBR model resulted in an integral–partial derivative
and algebraic equation (IPDAE) system. An additional programming
effort was needed since a “high-index” IPDAE system (index > 1)
was verified. In high-index systems, the number of initial condi-
tions that can be arbitrarily specified is lower than the number
of differential variables; differential variables are not independent
and numerical methods for solving ordinary differential equations
can fail. In this work, this point could be solved by:

(a) rewriting the derivative of some variables as functions of
other differential variables, i.e. diminishing the number of
differential variables. For example, if x1(z,t) = f(x2(z,t)), the deriva-

tive of a function  (z,t) = x1(z,t)x2(z,t), calculated as ∂
 (z,t)
∂t

=(
∂
x2(z,t)f (x2(z,t))

∂t

)
, only needs an IC for x2(z,t), and x1(z,t) can be

calculated as an algebraic variable; or
(b) directly assigning an IC for function  (z,t), so that

 (z,0) = x1(z,0)x2(z,0) = o.

Both alternatives provide the IPDAE system with consistent initial
condition values.
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Table 4
Initial and boundary conditions of AFBR model.

IC (t = 0) BC (z = 0) BC (z = H)

Phase components �ik = �iko , k = S, L,G ∂ �ik
∂z

= 0, k = S,G ∂ �ik
∂z

= 0, k = S, L,G

∂ �iL
∂z

= UL
DzL

[�iL − �∗
iL

]

Fluidization characteristics εS = W
�pAcHo

∂ εS
∂z

= 0 ∂ εS
∂z

= 0

US = 0 US = 0 US = 0

εL = 1 − εS − εG ∂ εL
∂z

= 0 ∂ εL
∂z

= 0

UL = Uo
εL

UL = Uo
εL

∂ UL
∂z

= 0

εG = εGo ∂ εG
∂z

= 0 ∂ εG
∂z

= 0

UG = UGo UG = 0 ∂ UG
∂z

= 0

Liquid phase concentrations at the reactor inlet (z = 0−) are calculated as�∗
iL

= 1
Qo

[Qf �iLf + Qr�iLz=H ], where�iLf is the feed concentration and�iLz=H is the recycle concentration
(equal to the treated effluent concentration).

An axial dimensionless model was derived since gPROMS does
not allow the straight calculation of moving boundary problems.
Axial dimensionless length is defined as z* = z/H, 0 ≤ z* ≤ 1. The
derivatives of the variables that are functions of z must be sub-
stituted as follows:

∂

∂z
→ 1
H

∂

∂z∗
and

∂

∂t
→ ∂

∂t
+ ∂

∂z∗
∂z∗

∂t
,

∂

∂t
= ∂

∂t
− z∗uH

H

∂

∂z∗
(16)

where uH is the velocity at which the bed height (interface between
the three-phase fluidized zone and the two-phase non-fluidized
zone) is moving, and is calculated as

uH = dH

dt
(17)

For example, Eq. (2) (phase mass balance equation) can be rewritten
in a dimensionless form as

∂
εk�k
∂t

= − 1
H

(
∂
εk�kUk
∂z∗

− z∗uH∂
εk�k
∂z∗

)
+ 1
H2

∂

∂z∗

(
Dzk∂

εk�k
∂z∗

)
+

∑
i,j

Tik (18)

The backward finite difference method (BFDM) was used to solve
the partial differential equations (PDEs). Using second-order BFDM
over a uniform grid of 20 intervals resulting in 3307 equations and
1026 differential variables. The total CPU time required to solve
the case study described in the following section is about 80 s on a
800 MHz Pentium IV PC.

4. Results and discussion

The AFBR model is sensitive to the reactor organic load policy.
Therefore, simulations of biological and hydrodynamic transients
for a simple case study based on a low substrate concentration are
here analyzed. The following specifications for reactor feed, flu-
idized bed reactor and inert support particles are assumed. As case
study, a synthetic substrate with a concentration of 1 g COD L−1

(70% glucose, 20% acetate and 10% milk powder) is fed to the biore-
actor at a flow rate of 3.20 L d−1. The reactor column has a maximum
height Hmax of 2.00 m, and a diameter Dc of 0.065 m. The static bed
height Ho is 0.70 m. The loaded support material (W = 3.50 kg) has
a density �p of 2630 kg m−3, and a particle diameter dp of 0.35 mm.

Model predictions considering ideal plug flow (Dzk = 0), ideal
perfect mixture (Dzk → ∞) and non-ideal flow (Dzk > 0) patterns for
the phases are analyzed. The liquid phase dispersion coefficient cal-
culated by Eq. (15) is DzL = 1.83 × 10−3 m2 s−1 at the beginning of the

biological transient, and a decrease of 2.35% is computed along the
process due to an increase of the biofilm concentration. Indepen-
dently of the gas and solid phase dispersion coefficient values, the
species concentrations in the liquid phase present approximately
uniform profiles for these DzL values. The gas (k = G) and solid (k = S)
phase dispersion coefficients are ranged from Dzk = 0 to Dzk = 0.2DzL.
DzG = 0.1DzL and DzS = 0.1DzL values assure uniform concentration
profiles in the solid phase. Gas phase presents a plug flow behavior
for all tested dispersion coefficient values. Hereafter, the flow con-
dition corresponding to DzG = 0.1DzL, DzS = 0.1DzL and DzL calculated
by Eq. (15), is named as “totally dispersive” flow condition.

Following, Sections 4.1 and 4.2 show AFBR model predictions
during hydrodynamic and biological transients, respectively. A
sensitivity analysis of the reactor performance related to model
parameters with high uncertainty is presented in Section 4.3.
Finally, a second modeling approach considering a new control vol-
ume for extending the model to the non-fluidized bioreactor zone
is presented in Section 4.4.

4.1. Hydrodynamic transient simulations

Fig. 5 shows the bed height profile for totally dispersive flow
condition; both hydrodynamic and biological transient profiles
are depicted. For a reactor inlet velocity Uo of 1.81 × 10−2 m s−1,
the time predicted to reach the hydrodynamic steady state con-
dition departing from the static bed condition is approximately
4.50 × 10−4 days (39 s). This behavior is qualitatively the same for
any (ideal and non-ideal) flow conditions of the phases in the reac-

Fig. 5. Bed height (H) profile during the hydrodynamic and biological transients.
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Fig. 6. Liquid holdup (εL) profile during the hydrodynamic transient.

tor. From ideal plug flow to complete mixture flow, a little lag to
reach the steady state condition is computed.

Bed expansions around 45% are reached during the hydro-
dynamic transient. Fig. 6 depicts the liquid holdup profile
corresponding to the bed height increase represented inside Fig. 5.
In order to have the maximum superficial area available for biofilm
attachment and prevent particle agglomeration, the bed porosity ε
is set at ε≈ εL ≈ 0.60 (Andrews & Trapasso, 1985).

Solid phase velocity is practically zero when compared
to the liquid and gas ones (approx. UL = 3.01 × 10−2 and
UG = 1.45 × 10−2 m s−1) at the hydrodynamic steady state. Fig. 7 rep-
resents the solid phase velocity profile for totally dispersive flow
condition during the hydrodynamic transient (axial dimensionless
length z* and time edges have been turned over with respect to
Fig. 6).

4.2. Biological transient simulations

Independently of the phase dispersion coefficient values, the
largest changes on the hydrodynamic properties evidently occur
during the hydrodynamic transient as shown in Fig. 5 for the bed
height.

Changes in the porosity of fluidized bed bioreactors due to
biofilm development or biofilm detachment are less significant
compared to changes in the height of the bed (Abdul-Aziz &

Fig. 7. Solid phase velocity (Us) profile during the hydrodynamic transient.

Fig. 8. Gas phase holdup (εG) profile during the biological transient.

Asokelar, 2000; Setiadi, 1995). Indeed, variations of approximately
0.12% and 1.25% in the bed porosity and height, respectively, for
totally dispersive flow condition are predicted during the biologi-
cal transient. Very similar results were obtained for the ideal plug
flow pattern.

Because of the low COD concentration of the reactor feed,
expected biomass and biogas yields are too low (Figs. 9 and 10). For
this case study, as shown in Fig. 8, the gas phase holdup profile is
practically negligible from a hydrodynamic point of view. Therefore,
most published works assume AFBRs as solid–liquid two-phase
systems to describe their hydrodynamics.

An increase in biofilm concentration or thickness makes biopar-
ticles be fluidized in a greater extension due to a decrease in their
specific density. Although the solid phase velocity is almost zero
when the fluidized bed reaches the hydrodynamic steady state, a
variation in this property is calculated while the biofilm concentra-
tion reaches the biological steady state condition. In the same way,
the liquid phase velocity decreases slightly due to the biofilm con-
centration increment for all model predictions during the biological
transient.

As expressed above and shown in Fig. 9, different biofilm con-
centration profiles are obtained depending on the phase dispersion
coefficient values. A decrement of 20% in the biofilm concentration
in the bed axial direction is predicted instead of using a plug flow
model (Fig. 9(b)). Glucose acidogenic degraders and acetoclastic
methanogens are the species present in the largest proportions. As
70% of the total COD fed is provided by glucose, a high concentra-
tion of glucose acidogenic degraders is predicted at the reactor inlet,
where the substrate concentration is high. Thus, glucose acidogenic
degraders determine the characteristics of the biofilm concentra-
tion profile.

Even though substrate concentration remains almost constant
after 40 days, the microorganisms concentration in liquid and
solid phases varies because of the combination of detachment
processes and maintenance of microorganisms due to the contribu-
tion of the soluble substrate (glucose, fatty acids and amino acids)
produced during the hydrolysis of non-active biomass. The bio-
logical steady state condition is approximately reached at day 250
(Fig. 9).

A characteristic pH decrease is observed during the first days
because of a faster glucose degradation rate to VFAs when compared
with the consumption rates of the subsequent biological stages. The
pH stability can be attributed to the carbonate/bicarbonate buffer-
ing produced by the generation of CO2 in the digestion process,
which is not completely removed from the reactor as gas. Fig. 10
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Fig. 9. Biofilm concentration (XS
T

) profile for: (a) totally dispersive flow condition, (b) plug flow condition.

Fig. 10. pH and generated biogas flow (Qgas) profiles.

represents the pH and generated biogas flow profiles for the totally
dispersive flow condition.

Simulation results allow studying the system in view to con-
trol. For example, for this case study, the COD removal efficiency
reaches approximately 80% at day 40 (84% at the steady state, day
250) (Fig. 11). At this time, it could be a good decision to carry out
a change in the organic load attending to the long period for recov-
ering a biological steady state regimen. Thus, an optimal organic

Fig. 11. Biofilm concentration and total COD during the biological transient for the
original case study and scenarios (a) and (b).

load policy guarantees the best reactor performance in the short-
est period of time. The model is able to resist strong numerical
disturbances to represent a “step by step” start up of the reactor.
So, the organic load policy optimization could be one main appli-
cation of the AFBR model. Generally, industrial processes follow
cyclical production patterns established by plant operating sched-
ules or periodical domestic sewage disposals. The bioreactor model
allows evaluating effluent treatment systems following “real” flow
patterns.

4.3. Sensitivity analysis of model predictions related to model
parameters

The specific biofilm detachment rate and the liquid–gas mass
transfer coefficient are the model parameters with the highest
uncertainty. Characteristics (diameter and density) of the inert sup-
port particles are also very important because of their influence in
the specific surface area for biofilm attachment and bed fluidization
characteristics.

The biological steady state is sensitive to the specific biofilm
detachment rate (kE = 2.24 × 10−10 m s2 kg−1). An increase of 50% in
kE predicts a decrease of 12% in the biofilm concentration and a
decrease in the time required to reach the biological steady state.
On the contrary, a decrease in kE predicts an increase in the biofilm
concentration and therefore, an increase in the total COD removal
efficiency.

Because of the effect of the mass transfer coefficient kLa on sys-
tem pH and partial pressures of gas phase components, a decrease
in kLa predicts a decrease in the system pH and, thus, a decrease in
the biofilm concentration and biogas production.

Assuming spherical geometry, the superficial area for biofilm
attachment and the particle characteristics at static bed condition
are related as follows:

ATp = NpAp =
(
VTp
Vp

)
Ap = 6

dp
VTp = 6

dp

(
W

�p

)
= 6
dp
VoεSo (19)

where Ap, ATp , Vp, VTp are the particle and total superficial area and
volume, respectively; Np is the number of particles, and subscript o
refers to static bed condition. From Eq. (19), it is observed that: (a)
keeping constant particle density using the same support material,
a change in the particle diameter causes a change in the super-
ficial area for biofilm attachment for the same initial total solid
volume (VTp = VSo ), i.e. the same solid holdup εSo and bed volume
Vo; (b) keeping the same particle diameter but using different sup-
port material (different particle density), it is possible to maintain
the superficial attachment area and the initial total solid volume
by changing the support particle load W. Based on scenarios (a)
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and (b), the effect of the inert support particle characteristics on
the bioreactor performance is analyzed. Uniform profiles (totally
dispersive flow condition) of the biofilm concentration and total
COD during the biological transient for scenarios (a) and (b) are
compared to the original case study in Fig. 11.

A particle diameter dp of 0.80 mm is selected for sce-
nario (a). An increase in the fluid velocity at the reactor inlet
(Uo = 4.58 × 10−2 m s−1) and 2.00 × 10−4 days (18 s) are necessary
to obtain equal initial fluidization characteristics as shown in Fig. 5.
However, lower attached biomass concentration values than those
of the original case are observed during the biological transient
(Fig. 11). This is explained by a decrease in the biofilm attachment
area and an increase in the detachment rate for the same specific
detachment rate coefficient kE.

The same particle diameter and a lower support material density
(�p = 1400 kg m−3) with respect to the original case are assumed for
scenario (b). Because of a lower particle density, the fluid velocity
at the reactor inlet has to be diminished (Uo = 5.05 × 10−3 m s−1) to
obtain equal fluidization characteristics as shown in Fig. 5 during
the hydrodynamic transient of 1.00 × 10−3 days (86 s). Even when
the superficial area for biofilm attachment is the same as that of the
original case, increments in the attached biomass concentration are
observed during the biological transient because of the decrease in
the detachment rate caused by a lower inlet fluid velocity Uo and a
lower fluid pressure gradient (Fig. 11).

The relationship between biofilm thickness and attached
biomass concentration is strongly dependent on the bioparticle
model assumed. Biofilm thickness steady state values of 0.66, 1.08
and 0.80 �m are reached for the original case study and scenar-
ios (a) and (b), respectively. In this work, a spherical geometry
and homogeneous biofilm distribution on the inert support parti-
cles are assumed. The biofilm is non-homogeneously distributed
on the real support particles. It depends on particle character-
istics (shape, roughness, material porosity, size and weight) and
on the hydrodynamic conditions, such as the fluid erosion on the
bioparticle surface. By scanning electron microscope (SEM) it was
observed that microorganisms are attached to approximately 50%
of the superficial area of sand particles, mainly covering the deep
zones of the particles due to abrasion and erosion effects on the
exposed zones (Mussati, Thompson, Fuentes, Aguirre, & Scenna,
2005b). This means that if a more realistic bioparticle model is
included in the bioreactor model, a closer correspondence between
the total (active and non-active) attached biomass concentration
and biofilm thickness values is obtained. It will be a motivation for
a future work.

Different total COD levels due to the ongoing microbiological
processes and hydrodynamics determine different reactor efficien-
cies. Although these are theoretical results, the sensitivity analysis
of model results related to inert support characteristics shows a
trade-off between operating costs (e.g. support material and pump-
ing) and treatment efficiencies.

4.4. About the control volume to be assumed

Up to then, the AFBR model has been solved considering the
three-phase fluidized bed zone as control volume. Following, it
will be extended to the two-phase non-fluidized bed zone for
evaluating the effect of the substrate consumption by suspended
biomass in this bioreactor zone. This assumption implies modeling
a gas–liquid reactor in the non-fluidized zone of the reactor column
limited by fluidized bed height and the maximum column height
(H < z ≤ Hmax), in principle, considering ideal plug flow conditions.
All mass and momentum balance equations described in Section 2
are valid if considering the solid phase holdup being equal to zero
(εs = 0).

Fig. 12. Properties of the whole reactor column (0 ≤ z* ≤ 2): (a) Liquid phase holdup
(εL), (b) Liquid phase velocity (UL), and (c) gas phase holdup (εG).

Eq. (20) couples the heights of the fluidized and non-fluidized
bed zones, hereafter named Hf and Hnf, respectively.

Hmax = Hf +Hnf (20)

The axial dimensionless length z* is defined as 1 < z* ≤ 2 for the non-
fluidized zone. From Eq. (20), the relationship among the velocities
at which heights Hf and Hnf are moving has to verify (see Eq. (17)):

uHf = −uHnf (21)

and as for the fluidized zone, the derivatives of the variables that
are functions of z in the non-fluidized zone must be rewritten as
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Fig. 13. Biofilm concentration (XS
T

) profiles (original case study) for different control
volumes.

follows:

∂

∂z
= 1
Hnf

∂

∂z∗
and

∂

∂t
= ∂

∂t
−
z∗uHnf
H

∂

∂z∗

The liquid phase holdup and velocity, and gas phase holdup of
the whole bioreactor column (0 ≤ z* ≤ 2) are depicted in Fig. 12(a),
(b) and (c), respectively, for the original case study described in
Section 4 (totally dispersive flow condition). As shown in Fig. 12(a),
εL ≈ 1 in the non-fluidized zone because the gas holdup also rep-
resents a little fraction of control volume in this zone (Fig. 12(c));
and the liquid phase velocity reaches almost the same values of the
flow velocity at the reactor inlet Uo (Fig. 12(b)).

The extended model predictions present a deviation of 1.42% in
the biofilm concentration compared to the results obtained from
the application of the AFBR model to the three-phase fluidized zone.
As shown in Fig. 13, the substrate consumption not only by attached
and suspended microorganism in the fluidized zone, but also by the
suspended ones in the non-fluidized zone, causes a little decrease
in the attached biomass concentration. However, for this case study
the effect is so little that COD concentration is practically the same
for both approaches (Fig. 13).

The effect of the substrate consumption by suspended biomass
in the non-fluidized zone depends on some operational and reac-
tor design factors such as: the biomass concentration which is a
function of the biofilm detachment rate, the Hf/Hnf ratio, and the
substrate residence time. The influences of these factors were eval-
uated for different scenarios (results not shown). For example, a
decrease of 3.60% and 0.24% are calculated in the biofilm concentra-
tion for scenarios (a) and (b) described in Section 4.3, respectively.
In all cases, an important decrease in the biofilm concentration
affects the COD removal efficiency.

From a numerical point of view, modeling of hypothesis that
considers biochemical transformations occur in the fluidized bed
zone and in both the free-support material zone requires a higher
programming effort and duplicates the number of equations. Using
the BFD method of second order over a uniform grid of 40 intervals
for keeping the step length in the bed axial direction (0 ≤ z* ≤ 2), as
similar as the above solution (20 intervals in 0 ≤ z* ≤ 1), the equation
and differential variables numbers rise to 6535 and 1785, respec-
tively, and the total CPU time is about 200 s (see Section 3).

The choice of the control volume to apply and solve the AFBR
model will depend on the precision with the processes need to be
described.

5. Conclusions

The global model (bioprocesses and hydrodynamics) here pro-
posed neglects the internal mass transfer phenomena, and allows to
evaluate the anaerobic digestion in the context of the fluidized bed
reactor configuration, focused on dynamics of solids (bioparticles)
and effects of hydrodynamic events on biofilm development. Model
allows calculating variation of properties along the axial direction
of the bed, including bed stratification and changes in the particle
characteristics.

For a case study, and based on the simulation results, both
biological and hydrodynamic behaviors of an AFB reactor were
investigated. Bioreactor performance was analyzed through the
profiles of the main variables such as phase holdup and velocity,
pH, biomass concentration and generated biogas flow. Based on
the results obtained during this study, the following conclusions
can be drawn:

1. Besides the phase dispersion coefficients, the specific detach-
ment rate kE and liquid–gas mass transfer coefficient kLa are the
model parameters with the highest uncertainties. Depending on
phase dispersion coefficient values (different flow conditions),
different biomass concentration profiles were obtained along the
axial direction of the bed. An increase in kE causes a decrease in
the biofilm concentration and in the time required to reach the
steady state condition. A decrease in kLa predicts a decrease in
the system pH and, thus, in the biofilm concentration and biogas
production.

2. The effect of the support particle characteristics (particle density
and diameter) on the biofilm processes and the bed fluidiza-
tion was studied. An increase in the particle diameter or density
requires an increase in the fluid velocity at the reactor inlet to
maintain equal initial fluidization characteristics, and predicts
lower attached biomass concentration values during the biolog-
ical transient.

3. The fact of considering the whole column volume as the control
volume allowed evaluating the effect of substrate consump-
tion by suspended biomass in the free-bioparticles zone of the
bioreactor. In the case studies here presented, a decrease in the
biofilm concentration up to 3.6% was observed. However, some
factors involving the biofilm detachment rate, reactor design
characteristics and substrate residence time need to be ana-
lyzed for each specific case. The implementation of this modeling
approach involved a higher programming effort and a longer CPU
time.

The model can be straightforward extended to different sub-
strate degradation schemes. Since biomass development, and thus
the bioreactor efficiency, is affected by feed composition and evo-
lution of operational conditions, there are two broad areas of
application for this model: theoretical and practical. An example of
theoretical application is the prediction of intermediates not easily
measurable. Practical applications include on-line prediction, reac-
tor design and optimization, hydraulic design, control strategies
evaluation, and start up optimization, among others.
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